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Abstract 
A new hierarchical model for the electrodialysis (ED) process is presented. The model has been 
implemented into gPROMs Modelbuilder (PSE), allowing the development of a distributed-
parameters simulation tool that combines the effectiveness of a semi-empirical modelling approach 
to the flexibility of a layered arrangement of modelling scales. Thanks to its structure, the tool makes 
possible the simulation of many different and complex layouts, requiring only membrane properties 
as input parameters (e.g. membrane resistance or salt and water permeability). The model has been 
validated against original experimental data obtained from a lab scale ED test rig. Simulation results 
concerning a 4-stage treatment of seawater and dynamic batch operations of brackish water 
desalination are presented, showing how the model can be effectively used for predictive purposes 
and for providing useful insights on design and optimisation. 
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1. Introduction 
It has been estimated that two thirds of the world’s population currently experience water scarcity for 
at least one month a year  [1]. Despite this, the global water demand is expected to grow year by year. 
Nowadays, agriculture is responsible for 70% of water consumption, although the increase of demand 
will also be caused by industry and energy production needs [1]. In this context, water desalination 
might have a crucial role, and a wide range of technologies has been developed in the last decades 
[2]. In fact, almost 100Mm3/day of cumulative contracted capacity has been reported for the year 
2016 [3], and such capacity is expected to steadily increase during the next decades. 
Generally, desalination technologies can be classified into thermal and membrane processes. The first 
group is mainly constituted by multistage flash (MSF) and multi effect distillation (MED), while 
reverse osmosis (RO) and electrodialysis (ED) are the main membrane processes [2]. Thermal 
processes have represented the industrial standard for many years. However, nowadays they occupy 
approximately 34% of the world desalination capacity while RO accounts for the 60% on its own 
[4,5]. On the other hand, ED has a much smaller market share and has been mainly used for brackish 
water desalination [6].  
ED is an electro-membrane process, which comprises a series of anion and cation exchange 
membranes (AEMs, CEMs) arranged alternatively and separating the fluid channels between two 
electrodic compartments (Figure 1). When the electrodes are connected to a source of electric 
potential, an ionic current is driven through the assembly where the solution to be desalted flows 
along the channels created in the space in between two membranes. Therefore, anions in solution 
migrate towards the anode (positively charged) and cations towards the cathode (negatively charged). 
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Consequently, the series of CEMs and AEMs allows the selective separation of ions and thus the 
creation of concentrated and diluted solutions inside channels. An AEM, a CEM and two adjacent 
channels compose the cell pair, i.e. the ED repeating unit. The number of cell pairs inside a single 
unit (stack) ranges from a few pairs (laboratory scale) up to several hundred (industrial scale) [7]. 
Channels are usually created by the presence of net spacers, provided with gaskets, separating 
adjacent membranes and driving the fluid motion along different possible patterns depending on the 
spacer shape. The net spacer geometry plays also a significant role in the mixing promotion [6,7]. 
Recently, the possibility of using profiled membranes in spacer-less stacks has also been assessed [6–
8]. 
 
Figure 1. Scheme of the ED process. 
 
Over the years, ED has been applied for different purposes. Whey demineralisation, tartrate acid 
stabilisation in wine and fruit juice de-acidification represent some examples in food industry [9–11]. 
The ED process has also been widely used for production of organic acids [12] and for wastewater 
treatment, especially for heavy metal removal [13–15]. Another important ED application is the 
production of table salt , especially in Japan with about 1 million ton per year of production capacity 
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[6,16]. Despite all these different applications, water desalination is the main industrial application 
field. ED plants currently installed all over the world have production capacities ranging between 2 
and 145,000 m3/day [17]. In particular, ED demonstrated its competitiveness with low-concentration 
feeds (< 2500 ppm) showing comparable performance with RO units [17–20].  
Although its conceptualization is relatively far back in time [21,22], it is worth noting how the use of  
ED for water desalination has been being gradually gaining attention in the last years. As a matter of 
fact, the actual trend is pushing towards ion-exchange membranes (IEMs) development [23] and cost 
reduction [24]. Another two interesting development areas are represented by the coupling of ED 
with off-grid energy sources [25,26] or with salinity gradient power/osmotic dilution devices 
[24,27,28], with the latter that could be applied in seawater desalination. With respect to these aspects, 
the EU-funded project REvivED Water [24] is worth mentioning for its focus on the assessment of 
commercialisation of some of these new ideas, including brackish water ED with capacitive 
electrodes, multistage ED for seawater desalination and coupling of ED with reverse electrodialysis 
(RED) and/or RO.  
All of these new developments strongly require the support of modelling activities as they introduce 
further complications compared to the standard ED such as the need for dynamic simulations, 
multivariable optimisation and/or articulated combinations of processes. 
 
2.  Overview of modelling approaches for electrodialysis 
During the last years, a number of ED models have been proposed based on different approaches [7]. 
The first category includes all the simplified models, which are usually developed with the aim of 
performing preliminary design [29] or to study a very specific system relying on experimentally fitted 
parameters [30].  In this case, several assumptions are generally used and lumped parameters are 
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considered. Typically, overall quantities, such as the required membrane area to perform a certain 
desalination or the total power consumption, can be estimated. 
The second category is represented by the advanced models, which, differently from the previous 
ones, take into account several phenomena causing deviations from the ideal behaviour. Advanced 
models can be sub-classified in theoretical and semi-empirical.  
Theoretical models for (reverse) electrodialysis are based on the solution of rigorous equations (i.e. 
Nernst-Planck [31–37], or even the more complex Stefan-Maxwell equations [38–40]) that 
mathematically describe local transport phenomena. However, these models require a number of 
thermodynamic and electrochemical parameters that cannot always be easily determined. In addition, 
the large amount of computational power required to solve this kind of models makes them suitable 
only for simplified geometries [7]. 
 Semi-empirical models for (reverse) electrodialysis are based on the use of mass balances and 
detailed transport equations accounting for salt and water fluxes through the membranes and on the 
calculation of the voltage drop by the segmentation approach (cell pair simulated as a multi-layer 
that, in the most complete models, includes the diffusion boundary layers). They require (i) empirical 
information such as membrane properties, being available from manufacturers or easily measured by 
experiments (transport numbers, ohmic resistance, salt permeability, osmotic permeability, etc.), and 
(ii) a lower computational power. These features make this modelling approach suitable for faster and 
more reliable predictions than the theoretical models, especially in the simulation of realistic 
geometries of channels and stacks, which are more complicated than the simplified configurations 
typically assumed in theoretical models [7]. Semi-empirical models can be based on lumped 
parameters [41–48]. However, in this case they have limited prediction capabilities, providing 
accurate results only under some conditions [47]. On the contrary, distributed parameters models [49–
56] are more accurate, but at the cost of a larger implementation effort. In summary, with respect to 
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the theoretical models, 1-D semi-empirical models are preferable as process simulators thanks to their 
features of versatility, robustness and effectiveness. 
Some advanced semi-empirical models use a “practical” current density calculated as a fraction of an 
experimentally determined limiting current density [45–47]. Many other models of this category, 
instead, adopt a multi-scale approach treating the lower scale mass transfer phenomena (Sherwood 
number and, thus, concentration polarization) for calculating the voltage drop with different 
approaches. In particular, the majority makes use of either empirical information [42–44,48,52,55,57] 
(e.g. limiting current density) or 3-D computational fluid dynamics (CFD) simulations [50,51,54,56]. 
Numerical simulations can also predict pressure drops and ohmic resistance [50]. 
In the model recently proposed by Chehayeb and co-workers [41,49,53] the diffusion boundary layer 
thickness was calculated by experimental data on the Sherwood number, while mass transport in the 
boundary layer was simulated by the Maxwell-Stefan approach in order to predict concentration and 
electrical potential profiles and ionic and water fluxes. In ref [53] three different applications were 
simulated: brackish water desalination (from 3 to 0.35 g/kg), partial seawater desalination (from 35 
to 1 g/kg) and brine concentration (from 70 to 200 g/kg). Moreover, two-stage operations were shown 
to be effective in energy saving.  
Wright et al. [55] proposed a semi-empirical model of ED for brackish water desalination, then used 
for a cost analysis for domestic applications of groundwater treatment [57]. A sensitivity analysis 
accompanied by a comparison with experimental data on ED units operated in batch mode showed 
that a number of simplifying assumptions (such as ideal permselectivity, negligible water transport, 
and constant membrane resistance) are certainly acceptable when using the model under 
“conventional” operations and low feed concentrations (up to 3.5 g/l). However, in the case of high 
salinity feed solutions (e.g. seawater or concentrated brine) such assumptions are not valid and would 
lead to erroneous predictions. 
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On one hand, the number of recently published works shows the current significant interest of the 
scientific community in the development of effective and reliable modelling tools for (reverse) 
electrodialysis. On the other hand, however, 1-D process simulators have been poorly devoted to 
study non-conventional ED applications, such as seawater desalination and multistage configurations. 
In this study, we propose a 1-D semi-empirical hierarchical model of the ED process, based on a 
robust and generalised approach developed for a wide range of operating conditions (from brackish 
to sea water feed solutions), and of any scale of application, spanning from bench stacks to industrial 
plants, and for both single and multistage configurations. The model takes into account the main 
phenomena involved in determining the process performance, with the aim to achieve reliable 
simulation results in different scenarios, thus providing a useful tool for process design and 
optimization. The model was validated against experimental data, and was used to study some 
applications poorly explored so far, focusing on a 4-stage system of seawater desalination and on 
single-stage batch operations of brackish water desalination. 
 
3. Modelling 
The process model is based on a hierarchical semi-empirical approach, schematically represented in 
Figure 2. The lowest scale is represented by the cell pair (I), the repeating unit of an ED unit composed 
by an AEM, a CEM and two adjacent channels. The higher scale of the stack (II) is modelled by 
considering a series of cell pairs and the electrodes. Finally, the stack model can be used in the highest 
scale of the overall plant (III), where the stacks can be variously arranged, thus simulating different 
process layouts (i.e. single stage, multistage, batch, feed and bleed etc.).  
A number of assumptions characterises the model, in particular: 
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 A one-dimensional approach is adopted, in order to simulate distribution profiles along the 
channels, thus co- and counter-current arrangements can be simulated, while changes along 
the direction of the channel width are neglected: 
 The presence of salt other than NaCl is neglected, thus a single salt solution is simulated; 
 The unit operates below the limiting current; 
 The effect of parasitic currents via manifolds is not taken into account; 
 Transport numbers inside IEMs (and thus membrane permselectivity) are assumed 
independent of salt concentration in the solutions; 
 The flow distribution is homogeneous among all cell pairs. 
 
Figure 2. Schematic description of the hierarchical approach showing I) Cell pair, with the main transport mechanisms, II) Stack, 
III) Overall plant (i.e. multistage system).  
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3.1 Cell pair 
At the scale of the cell pair (Figure 2 I), mass balances, transport phenomena, solutions 
thermodynamics and electrical parameters are described. 
 
3.1.1 Transport phenomena and mass balance  
Different transport phenomena take place inside the cell pair, causing both salt and water to move 
through membranes. The main salt transport mechanism is the conductive flux, which is proportional 
to the generated ionic current and is associated to the external applied voltage.  In a general position 
along the length of the cell pair, it can be calculated as: 
𝐽𝑐𝑜𝑛𝑑(𝑥) =  [𝑡𝐶𝐸𝑀
𝑐𝑜𝑢𝑛𝑡𝑒𝑟 − (1 − 𝑡𝐴𝐸𝑀
𝑐𝑜𝑢𝑛𝑡𝑒𝑟)] 
𝑖 (𝑥)
𝐹
 
(1) 
where 𝑖 is the current density, 𝐹 is the Faraday constant, and 𝑡𝐶𝐸𝑀
𝑐𝑜𝑢𝑛𝑡𝑒𝑟 and  𝑡𝐴𝐸𝑀
𝑐𝑜𝑢𝑛𝑡𝑒𝑟 are the transport 
numbers of the counter-ions inside the IEMs, directly linked with the membrane permselectivity (see 
Appendix A). In addition to the effects on the conductive flux, another consequence of the non-perfect 
membrane selectivity is the occurrence of a back-diffusive salt flux driven by the salt concentration 
difference between the channels, which, for a single membrane, can be written as:  
𝐽𝑑𝑖𝑓𝑓
𝐼𝐸𝑀 (𝑥) = − 
𝐷𝐼𝐸𝑀
𝛿𝐼𝐸𝑀
(𝐶𝐶
𝑖𝑛𝑡,𝐼𝐸𝑀(𝑥) − 𝐶𝐷 
𝑖𝑛𝑡,𝐼𝐸𝑀(𝑥)) 
(2) 
where 𝐷 is the salt permeability coefficient through the IEMs, 𝛿 is the thickness of IEMs and 𝐶𝑖𝑛𝑡 is 
the salt concentration in solution at the interface with the membrane. Subscripts 𝐶 and 𝐷 refer to 
concentrate and diluate respectively  and the superscript 𝐼𝐸𝑀 indicates that, using the relevant values, 
the expression is valid for both AEM and CEM. The overall diffusive flux can be written as the sum 
of the fluxes through the two membranes. 
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Also water molecules can move through the membranes.  Water transport can be attributed to two 
phenomena: osmosis and electroosmosis. The first transport mechanism is caused by the interfacial 
concentration gradient between concentrate and diluate and can be expressed as: 
𝑞𝑜𝑠𝑚
𝐼𝐸𝑀(𝑥) =  𝐿𝑝
𝐼𝐸𝑀(𝜋𝐶
𝐼𝐸𝑀 − 𝜋𝐷
𝐼𝐸𝑀) = 𝐿𝑝
𝐼𝐸𝑀  [𝜈 𝑅𝐺𝑇 (𝜑𝐶
𝐼𝐸𝑀𝐶𝐶
𝑖𝑛𝑡,𝐼𝐸𝑀(𝑥) − 𝜑𝐶
𝐼𝐸𝑀𝐶𝐷 
𝑖𝑛𝑡,𝐼𝐸𝑀(𝑥))] (3) 
where  𝐿𝑝 is the water permeability coefficient of IEMs and 𝜋 is the osmotic pressure that can be 
related to the van ’t Hoff coefficient (𝜈), the osmotic coefficient (𝜑) and the solution concentration. 
Pitzer’s correlation is used to estimate osmotic coefficients [58,59], as described in Appendix B. As 
for the diffusive flux, the total osmotic flux is the sum of the fluxes on the two membranes. 
The second transport mechanism, electroosmosis, is the water flux coupled with the ions movement 
due to two main contributions: the water molecules of the solvation shell and the water flux dragged 
by the momentum arising on the slip-plane between the solvation shell and the solvent [60,61]. 
Generally, electroosmosis can be expressed as a function of the overall salt flux: 
𝑞𝑒𝑜𝑠𝑚(𝑥, 𝑡) =  
𝑤 𝐽𝑡𝑜𝑡(𝑥, 𝑡)𝑀𝑤
𝜌𝑤
 
(4) 
where  𝐽𝑡𝑜𝑡(𝑥) is the sum of the diffusive (of both AEM and CEM) and the migrative salt flux and 𝑤 
is the total water transport number, defined as the sum of the water transport number relative to each 
ion. In [60], Wilson reports that for most membranes the ionic transport numbers are close to the 
primary hydration numbers. Thus, for a NaCl solution a value of 12 moles per equivalent of 
transported salt can be assumed. 
The model computes distributions over the dimension of the channel length. Bulk concentration and 
flowrate distributions inside the channels are described through differential mass balance equations 
that, in the case of co-current flow and negligible changes in the solutions density, are: 
𝑑 𝑄𝐷(𝑥) 𝐶𝐷(𝑥) 
𝑑𝑥
=  −𝑏 𝐽𝑡𝑜𝑡(𝑥) 
(5) 𝑑 𝑄𝐶(𝑥) 𝐶𝐶(𝑥) 
𝑑𝑥
=  𝑏 𝐽𝑡𝑜𝑡(𝑥) 
(6) 
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𝑑 𝑄𝐷(𝑥) 
𝑑𝑥
= − 𝑏 𝑞𝑤(𝑥) 
(7) 𝑑 𝑄𝐶(𝑥) 
𝑑𝑥
=   𝑏 𝑞𝑤(𝑥) 
(8) 
where 𝑄(𝑥)  represents the local volumetric flow rate, 𝑏 the channel width and  𝑞𝑤(𝑥) the local 
overall volumetric water flux (i.e. the sum of osmotic and electroosmotic fluxes). 
 
3.1.2 Electric variables, concentration polarization and pressure drops 
A crucial aspect of ED process modelling is to relate the ionic current to the applied voltage. The 
voltage drop over a cell pair (∆𝑉𝑐𝑝) is calculated as: 
 ∆𝑉𝑐𝑝 =  𝜂 (𝑥) + 𝑅𝑡𝑜𝑡(𝑥)𝑖(𝑥)  (9)  
where 𝜂 is the non-ohmic voltage drop associated to the back electromotive force (diffusion potentials 
are not taken into account), 𝑖 is the current density, 𝑅𝑡𝑜𝑡 is the total areal ohmic resistance of cell pair 
that can be calculated as the sum of the four components in series 
𝑅𝑡𝑜𝑡(𝑥) =  𝑅𝐶𝐸𝑀(𝑥) + 𝑅𝐴𝐸𝑀(𝑥) + 𝑅𝐶(𝑥) +  𝑅𝐷(𝑥)  (10) 
where 𝑅𝐶𝐸𝑀 and 𝑅𝐴𝐸𝑀 represents the resistance of IEMs. 𝑅𝐶 and 𝑅𝐷 are the resistance of concentrate 
and diluate respectively, and, neglecting the ohmic contribution of the diffusion boundary layers, can 
be generally expressed as: 
𝑅𝑆𝑂𝐿(𝑥) = 𝑓𝑠𝑆𝑂𝐿  
𝛿𝑆𝑂𝐿
Λ𝑆𝑂𝐿(𝑥) 𝐶𝑆𝑂𝐿(𝑥)
 
(11) 
with 𝛿 being the compartment thickness, 𝑓𝑠 the shadow factor, which accounts for the resistance 
increase due to the presence of a non-conductive spacer [51] and Λ the equivalent conductivity. The 
subscript 𝑆𝑂𝐿 refers to the generic solution, thus making the equation valid for both concentrate and 
diluate resistances by using the relevant parameters. For a NaCl salt solution, the equivalent 
conductivity can be estimated by the correlation of Islam et al. [62], as described in Appendix C. The 
shadow factor is generally a function of the geometrical characteristics of the spacer. Therefore, it is 
usually calculated as a function of the channel porosity [52,54], open area [51], or both [63,64]. The 
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porosity represents the fraction of channel volume occupied by the liquid, while the open area 
represents the free fraction of membrane area projected in the direction perpendicular to membranes. 
Values for the open area typically range between 40-60% [51].  In this study, the shadow factor for 
the simulated spacer has been calculated by finite-volume simulations (solving the Laplace equation 
for the electric potential), resulting in a value that is close to the reciprocal of the average of porosity 
and open area, and is in agreement with experimental findings [65]. 
It is known that membrane resistance is influenced by solution concentration [66–68]. In particular, 
it has been shown that dilute concentration has the biggest effect. The effect of concentration on IEMs 
has been taken into account in the model, following the relationship from Galama et al. [66]. More 
details can be found in Appendix D. 
The non-ohmic contribution of the voltage drop (𝜂) is the sum of the membrane potentials that are 
established within all cell pairs due to the different salt concentration between flowing solutions. A 
simplified expression of the membrane potential can be derived from the Teorell-Meyer-Sievers 
theory [69,70]. Taking also into account concentration polarisation effects, the non-ohmic drop can 
be calculated as follows: 
𝜂(𝑥) =  𝜂𝐶𝐸𝑀(𝑥) + 𝜂𝐴𝐸𝑀(𝑥) (12) 
 
𝜂𝐼𝐸𝑀(𝑥) =  𝛼𝐼𝐸𝑀
𝑅𝐺𝑇
𝐹
𝑙𝑛 [ 
𝛾𝐶
𝑖𝑛𝑡,𝐼𝐸𝑀(𝑥) 𝐶𝐶
𝑖𝑛𝑡,𝐼𝐸𝑀 
𝛾𝐷
𝑖𝑛𝑡,𝐼𝐸𝑀 (𝑥)  𝐶𝐷
𝑖𝑛𝑡,𝐼𝐸𝑀  
] 
(13) 
where 𝛼𝐼𝐸𝑀  is the permselectivity of one IEM, 𝛾
𝑖𝑛𝑡 and 𝐶𝑖𝑛𝑡 represent the activity coefficient and 
the salt concentration, respectively, at the membrane-solution interface. Activity coefficients are 
estimated through the Pitzer’s correlation [58,59] (see Appendix B). 
The salt concentrations at the solution-membrane interfaces are estimated as functions of the current 
density and the Sherwood number, the latter being calculated by CFD correlations (see Appendix E).  
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3.2 Stack 
3.2.1 Electrical model 
At the higher hierarchy level, overall quantities are estimated and the voltage drop within the electrode 
compartments is taken into account. Therefore, the overall voltage applied to the stack is calculated 
as: 
 
𝑉𝑡𝑜𝑡 =
𝑅𝑏𝑙𝑎𝑛𝑘𝐼
𝐴
+  ∑ ∆𝑉𝑐𝑝𝑖
𝑁𝑐𝑝
𝑖=1
 
(14)  
where 𝑉𝑡𝑜𝑡 is the overall applied voltage, 𝐴 is the area of a single membrane,  𝑅𝑏𝑙𝑎𝑛𝑘 is the blank 
resistance, accounting for electrode compartments, 𝐼 is the overall current, calculated as the integral 
of the current density over the active area, and 𝑁𝑐𝑝 is the number of cell pairs in the stack. 
 
3.2.2 Energy consumption, current efficiency, apparent flux 
In the stack model, most of the energetic parameters are also computed. The total power required to 
desalinate a certain amount of water is the sum of the electric energy supplied to the stack, plus the 
energy needed for pumping the solutions. The total power consumption is: 
 𝑃 = 𝑉𝑡𝑜𝑡 𝐼 +  𝛥𝑝𝐶
𝑡𝑜𝑡𝑄𝐷
𝑎𝑣 +  𝛥𝑝𝐶
𝑡𝑜𝑡𝑄𝐷
𝑎𝑣  (15)  
where 𝑄𝑎𝑣 is the average solution flowrate and 𝛥𝑝𝑡𝑜𝑡 is the overall pressure drop through the stack, 
i.e. including hydraulic losses in the manifolds and in the channels (Appendix E). 
In addition, the energy consumption per unit volume of product (here represented by the diluate) can 
be defined as: 
 
𝐸𝑠𝑝𝑒𝑐 =  
𝑃 
𝑄𝐷
𝑂𝑈𝑇,𝑡𝑜𝑡 
(16)  
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where 𝑄𝐷
𝑂𝑈𝑇,𝑡𝑜𝑡
 is the overall outlet diluate flowrate and 𝐸𝑠𝑝𝑒𝑐 is the specific energy consumption 
expressed in kWh/m3. Moreover, the salt-specific energy consumption can be defined as: 
𝐸𝑠𝑝𝑒𝑐
𝑠𝑎𝑙𝑡 =
𝑃
𝐶𝐷
𝐼𝑁𝑄𝐷
𝐼𝑁,𝑡𝑜𝑡 − 𝐶𝐷
𝑂𝑈𝑇𝑄𝐷
𝑂𝑈𝑇,𝑡𝑜𝑡 =
𝑃
𝐶𝐶
𝑂𝑈𝑇𝑄𝐶
𝑂𝑈𝑇,𝑡𝑜𝑡−𝐶𝐶
𝐼𝑁𝑄𝐶
𝐼𝑁,𝑡𝑜𝑡 
(17) 
where superscripts IN and OUT refer to inlet and outlet conditions. Eq. (17) is particularly useful 
when the separation target is related to salt removal rather than to the volume of diluate produced. 
Other two figures of merit have been defined to analyse the process performance. The first one is the 
current efficiency, which can be expressed as: 
ξ =  
(𝐶𝐷
𝐼𝑁𝑄𝐷
𝐼𝑁,𝑡𝑜𝑡 − 𝐶𝐷
𝑂𝑈𝑇𝑄𝐷
𝑂𝑈𝑇,𝑡𝑜𝑡) ∙ 𝐹
𝐼 ∙  𝑁𝑐𝑝
  
(18) 
The current efficiency represents the amount of current that is actually converted into useful salt flux, 
thus expressing the efficiency of current utilisation of the process [60] . 
The second parameter is the apparent product flux (or water productivity [20]) and it is defined as: 
𝐽𝑃 =  
𝑄𝐷
𝑂𝑈𝑇,𝑡𝑜𝑡
2𝐴 𝑁𝑐𝑝
  
(19) 
This variable gives an indication of the area required to obtain a certain flowrate of desalinated water. 
This is very useful for comparison with other desalination processes such as reverse osmosis, where 
the flux is often used as performance indicator. 
 
3.3 Overall plant 
The main advantage of using a hierarchical approach is that the stack model can be inserted into 
higher hierarchy models in order to simulate complex plant layouts. In this work, multistage and batch 
operations have been analysed as examples of articulated flowsheeting. 
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3.3.1 Multistage ED 
A multistage configuration requires a number of stacks that can be connected according to different 
schemes, some of which are reported as example schemes in Appendix F. As case study, a multistage 
operation in series can be arranged with either a co-current or a counter-current scheme (Figure 8). 
In a multistage system, it is more convenient to define the specific energy consumption of the overall 
system as follows: 
 
𝐸𝑠𝑝𝑒𝑐
𝑇𝑂𝑇 =  
∑ 𝑃𝑖 
𝑁𝑠
𝑖=1
𝑄𝐷,𝑁𝑠
𝑂𝑈𝑇,𝑡𝑜𝑡 
(20)  
where Ns is the number of stages and 𝑄𝐷,𝑁𝑠
𝑂𝑈𝑇,𝑡𝑜𝑡
 is the diluate flowrate coming out from the last stack.  
In the same way, the water productivity for the overall system will contain the diluate flowrate coming 
out from the last stack 
𝐽𝑃 =  
𝑄𝐷,𝑁𝑠
𝑂𝑈𝑇,𝑡𝑜𝑡
 ∑ 𝑁𝑐𝑝,𝑖 2𝐴𝑖 
𝑁𝑠
𝑖=1
  
(21) 
Generally, a multistage system has the advantage to reduce the energy requirements of a certain 
desalination operation compared to a single stage operating at the same conditions. On the other hand, 
the system design and optimisation complexity increases with the number of stages, as it becomes 
necessary to deal with more variables. Therefore, it becomes crucial to support such design operations 
with simulations. A common issue can be the optimisation of the applied voltage per each stage in 
order to minimise the energy consumption. In addition, it is also possible to test the stages with more 
complex arrangements that may include recycles or splitting of the streams. 
 
3.3.2 Batch ED 
The model can also deal with the simulation of transient operations of batch ED systems (the example 
scheme is reported in Figure 9 of Appendix F). In this case, an additional model of lower hierarchy 
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describing the tanks is defined, thus predicting the time variation of solutions concentration and 
volume within the tanks. Assuming that the tanks are perfectly mixed, this model is characterised by 
the following time dependent differential equations: 
 𝑑(𝑉𝑡𝑎𝑛𝑘∙𝐶𝑡𝑎𝑛𝑘)
𝑑𝑡
= 𝑄𝑡𝑎𝑛𝑘
𝐼𝑁 𝐶𝑡𝑎𝑛𝑘
𝐼𝑁 (𝑡) −  𝑄𝑡𝑎𝑛𝑘
𝑂𝑈𝑇  𝐶𝑡𝑎𝑛𝑘 (𝑡)  
 
(22)  
 𝑑𝑉𝑡𝑎𝑛𝑘
𝑑𝑡
=  𝑄𝐼𝑁𝑡𝑎𝑛𝑘
𝐼𝑁 (𝑡) −   𝑄𝑡𝑎𝑛𝑘
𝑂𝑈𝑇  (𝑡)  (23)  
where 𝑉𝑡𝑎𝑛𝑘 is the solution volume inside the tank, 𝐶𝑡𝑎𝑛𝑘 is the salt concentration in the solution 
inside the tank (i.e. entering the stack), 𝑄𝑡𝑎𝑛𝑘
𝐼𝑁  and 𝐶𝑡𝑎𝑛𝑘
𝐼𝑁  are the flowrate and salt concentration of the 
solution going into the tank (i.e. coming out from the stack) and  𝑄𝑡𝑎𝑛𝑘
𝑂𝑈𝑇  is the solution flowrate exiting 
the circulation tank. In addition, two initial conditions are required for volume and concentration. 
Using the relevant initial conditions, the aforementioned model is indistinctly applicable to the diluate 
and concentrate tanks. Assuming that stack dynamics is negligible compared to the time variation of 
concentrations in the tanks, a quasi-steady state approach can be adopted to combine the dynamic 
tank model to the steady state ED stack model. 
 
4. Experimental 
An experimental campaign was carried out in order to validate the model. All the experiments were 
conducted in a single ED stack (Deukum GmbH, Germany). The ED unit was equipped with 10 cell 
pairs, with an active membrane area of 10×79 cm2 and woven spacers 270 µm thick (Deukum GmbH, 
Germany). Homogeneous ion exchange membranes (FUJIFILM Manufacturing Europe B.V., The 
Netherlands) were used for all the tests. The relevant properties of both AEMs and CEMs (as provided 
by the membrane manufacturer) are reported in Table 1. The electrodialysis tests were performed 
under galvanostatic mode, using a power supply (Elektro-Automatic GmbH, Germany). 
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Table 1. Properties of the Fujifilm membranes (provided by the manufacturer). 
Membrane Thickness 
 δ (µm) 
Permselectivity 
α* 
Water permeability 
Lp (ml/(bar h m2)) 
Resistance 
R (Ω cm2)** 
AEM 130 0.969 6.29 1.77 
CEM 130 0.975 7.79 1.89 
*Permselectivity measured in between 0.05M/0.5M KCl solutions 
**Membrane resistance measured with 0.5 M NaCl solution 
Artificial salt water at different concentrations was prepared by using re-crystallised NaCl with purity 
>99.5% (Saline di Volterra s.r.l., Italy), and demineralized water. The electrode rinse solution was a 
10 g/l Na2SO4 aqueous solution, operating at 700 ml/min. Feed and electrode rinse solutions were 
pumped by three peristaltic pumps (Lead Fluid Technology Co., Ltd., China). Single pass experiments 
were performed. Conductivity measurements were performed at the concentrate and diluate outlets 
by conductivity meters (XS instruments, Italy), while glycerin-filled pressure gauges (Cewal S.p.a., 
Italy) were placed at the inlets to measure pressure drops. 
 
Figure 3. Schematic representation of the experimental set-up. 
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A schematic representation of the set-up is presented in Figure 3. For every experiment, the stack was 
operated with feed water (at the given flowrate and concentration) for at least 5 minutes, to ensure 
proper membrane conditioning and steady state conditions. Then, a constant current was applied, until 
a stable value of the outlet conductivity was reached. A summary of the main process conditions (i.e., 
inlet concentrations, velocities, and currents) is given in Table 2. 
 
Table 2. Summary of the main process conditions of the experimental tests. 
CIN (g/l) u (m/s) I (A) iav (A/m2) 
1 0.7-2.5 0.2-0.5 2.5 - 6.25 
3 0.7-2.5 0.2-1.5 2.5 - 18.75 
6 0.5-2.2 0.2-4 2.5 - 50 
10 0.5-2.25 0.2-7 2.5 - 87.5 
30 0.45-2.25 0.2-10 2.5 - 125 
 
5. Results and discussion 
In this section, the model is validated against original experimental data. Then, the model predictions 
for two representative cases (i.e. multistage ED for seawater and single-stage batch ED for brackish 
water) are presented and discussed. 
 
5.1 Model validation for brackish water and seawater conditions  
Model predictions were compared with experimental results over a wide range of inlet concentrations 
(i.e. from 1 to 30 g/l), electrical currents and flow velocities.  A representative part of the experimental 
points is depicted in Figure 4, reporting the comparison between model predictions and experimental 
values of outlet conductivities for both concentrate and diluate. Model results fit very well 
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experimental data of conductivities as functions of the current for all the investigated inlet 
concentration and flow velocity. 
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Figure 4. Comparison between model predictions (lines) and experimental data (symbols), for both concentrate and diluate outlet 
conductivity at different currents, velocities, and feed concentrations: a) 3 g/l, b) 6 g/l, c) 10 g/l, d) 30 g/l. Stack area:10×79 cm2, 
spacer thickness: 270 μm. 
 
A comprehensive overview on the model prediction accuracy for all experiments performed is 
reported in Figure 5, showing the parity plot for streams conductivity, i.e. the experimental outlet 
conductivity versus the conductivity calculated by the model for diluate and concentrate. Again, the 
model reliability is confirmed as most of the points are very close to the reference line 𝑦 = 𝑥. 
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On this basis, it is worth noting that, compared to other literature works, the developed model has 
been validated in a much wider range of feed concentration (i.e., ranging from brackish water to 
seawater conditions), and is therefore suitable for a variety of possible applications. In the following 
sections, two examples of application of the model predictive capability to complex operating 
schemes are reported. 
 
Figure 5. Predicted vs. experimental outlet conductivities for a) diluate and b) concentrate for all performed experiments (symbols). 
Stack area:10×79 cm2, spacer thickness: 270μm. 
 
5.2 Case I: Seawater multistage desalination 
The model has been used to simulate a multistage ED system for seawater desalination, as this is a 
relatively newly explored application [24]. In fact, electrodialysis is not used nowadays for seawater 
desalination, mainly due to the high energy consumption compared to state-of-the-art desalination 
processes (e.g. reverse osmosis). However, the use of staging in ED is of importance, as this could 
lead to a reduction of the overall energy consumption.  In this regard, the developed model has been 
used to assess the effect of different current/voltage distributions on the specific energy consumption, 
simulating a series of 4 ED stacks with fixed geometrical properties (active area, number of cell pairs, 
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spacer type), and arranged in co-current mode (Figure 8a). Table 3 summarises the process conditions 
and geometric parameters simulated for the 4-stage ED system. 
Table 3. Simulated geometric parameters and process conditions of a 4-stage ED system for seawater desalination. The flowrate refers 
to both the diluate and the concentrate separately. The co-current configuration is simulated and Fujifilm membranes are considered. 
Channel length 
L (cm) 
Channel width 
b (cm) 
Number of cell pairs 
Ncp 
Spacer thickness 
δSOL (µm) 
Inlet velocity 
u (cm/s) 
Inlet concentration 
𝑪𝑺𝑶𝑳
𝑰𝑵  (mol/m3) 
Diluate outlet concentration 
𝑪𝑫
𝑶𝑼𝑻 (mol/m3) 
43 10 500 155 1.5 500 8.5 
 
The model has been used to evaluate the effect of staging to desalinate seawater (500 mol/m3 NaCl, 
i.e. 30 g/l) to drinking water (500 ppm NaCl, i.e., ~8.5 mol/m3 NaCl). In particular, two benchmark 
scenarios have been simulated: in the first scenario (i.e., “equal voltage”), the target diluate 
concentration is reached by applying the same voltage to the 4 stacks (i.e., 0.23 V per cell pair). 
Notably, this scenario corresponds to the case of a single stack with a flow path length equal to the 
sum of all stack lengths, and it can be considered as a reference case in the assessment of multistage 
operations. The second scenario (“equal current”) accounts for the effect of multiple stages operating 
under the same overall current (2.43 A), in order to reach the target diluate concentration. 
Figure 6 shows the main model results for a single cell pair along the length of the 4 stages, for both 
the “equal voltage” and the “equal current” cases. In particular, Figure 6 shows the cell pair voltage 
(Figure 6 A), current density and current efficiency (Figure 6 B), concentrations (Figure 6 C), flow 
rate distribution and apparent flux (Figure 6 D). Both the spatial distribution of current density (Figure 
6 B) and the concentration (Figure 6 C) clearly show how the “equal voltage” case is highly inefficient 
compared to the “equal current” case. In the “equal voltage” scenario most of the desalination takes 
place in the first stage, leading to a poor ion removal in the following stages. As a consequence, the 
system is subjected to a large concentration difference over the membranes along most of the flow 
path length (i.e., after the first stage), thus causing larger water flux and salt back diffusion through 
the membranes, resulting in very low current efficiencies (Figure 6 B). The negative effect of water 
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transport can be seen from the decreasing concentration of the concentrate stream (Figure 6 C), as 
well as from the reduced diluate flowrate (Figure 6 D). 
The “equal current” scenario, instead, shows a more homogenous ion removal along the four stacks, 
leading to lower water transport and higher current efficiency (Figure 6 B), which decreases 
significantly only in the last stage, especially close to the outlet. Figure 6 B clearly shows the benefits 
of staging with different voltage values (“equal current”) to enhance the overall current efficiency, 
resulting in a significant reduction of the total specific energy consumption (i.e., 1.94 kWh/m3 of 
product instead of 4.59 kWh/m3 required by the “equal voltage” scenario). 
These results also highlight that the large concentration difference arising between diluate and 
concentrate is one of the main issues for desalination of concentrated streams (i.e. seawater). It is 
worth noting that this preliminary analysis did not include other possible scenarios, such as the use 
of different current, stack geometry, or membranes per stage. All of these options need to be taken 
into account to properly optimise a multistage system.  
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Figure 6. Model predictions for a 4-stage 10×43 cm2 ED co-current system equipped with 155 µm woven spacer, Fujifilm membranes 
and 500 cell pairs with 5.5 l/min flowrate. Solid lines: same voltage per stage (0.23 V per cell pair). Dashed lines: same current per 
stage (2.43 A). A: cell pair voltage, B: current density distribution (main axis) and local current efficiency (secondary axis), C: diluate 
and concentrate concentration, D: flowrate (main axis) and apparent product flux per single channel (secondary axis).  
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5.3 Case II: Brackish water batch desalination 
Another representative system simulated in this work is the batch ED operation for brackish water 
desalination (i.e., 𝑪𝑺𝑶𝑳
𝑰𝑵 =5 g/l). In particular, a small lab scale unit has been simulated adopting the 
time-dependent formulation of the hierarchical model (see section 3.3.2). Stack features and operating 
conditions are reported in Table 4. 
Table 4. Geometric parameters of the ED unit equipped with Fujifilm membranes simulated in batch operation. 
Channel length 
L (cm) 
Channel width 
b (cm) 
Number of cell pairs 
Ncp 
Spacer thickness 
δSOL (µm) 
Inlet velocity 
u (cm/s) 
Inlet concentration 
𝑪𝑺𝑶𝑳
𝑰𝑵  (g/l) 
Diluate outlet concentration 
𝑪𝑫
𝑶𝑼𝑻(g/l) 
10 10 10 270 2 5 0.25 
 
Fixed voltage simulations have been performed (i.e. 3, 5 or 8 V, neglecting the voltage drop at the 
electrodes, Rblank) by assuming a 2 cm/s inlet flow velocity inside each channel. Then, the solution 
inside the diluate tank (initially filled with a volume of 0.5 l, as for the concentrate) has been processed 
until its concentration reaches 250 ppm, thus accounting for a safety margin on the outlet 
concentration compared to the standard 500 ppm. 
In Figure 7, the predicted trends of concentrations, volumes in the tanks, current and current 
efficiency for the three different applied voltages are reported. As expected, increasing the applied 
voltage reduces the time to reach the target concentration (~ 40% reduction from 3 to 8 V) as for each 
single pass a higher amount of salt is removed (i.e. the distance between the dashed and the continuous 
line is largest at the highest voltage). Reducing the operation time (i.e., the number of the recirculation 
cycles of the solution through the stack) decreases the impact of water transport and salt back 
diffusion in the system. As a result, the overall current efficiency is slightly higher at 8 V, so that 
~4% less current is required to reach the target concentration compared to the 3 V case. Despite this, 
the overall energy consumption increases from 1 kWh/m3 (at the minimum voltage) up to 3.6 kWh/m3 
(at the maximum voltage value). Therefore, it is clear how the voltage increase has some beneficial 
effects such as higher current efficiency and lower desalination times, although, from an energetic 
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perspective, those advantages are overcome by the increase of the ohmic and non-ohmic energy 
dissipation, which result in a larger overall energy consumption. The competition of transport and 
energetic (voltage drop) phenomena suggests that, as well as for the multistage system, the batch 
process is particularly suitable for process optimisation. In particular, it is possible to design an 
optimal process where voltage (or current) changes through time, mimicking the effect of staging in 
time rather than in space. 
Finally, it is worth noting that, in principle, a batch operation exhibits a lower energy efficiency 
compared to an equivalent single pass continuous operation, due to the effect of the tanks where the 
dilute stream exiting from the stack is concentrated again. However, the batch operation can still be 
considered advantageous for specific lab experiments, in small scale productions or when an accurate 
control of the desalination steps is required (e.g. to minimise limiting current issues). 
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Figure 7. Results as a function of time of  batch ED simulations at different applied voltage. a) Diluate and b) concentrate concentration 
inside the tanks and at the stack outlet. c) Diluate and concentrate volumes in the tanks, d) Current density and current efficiency. 
10×10 cm2 stack with 270 μm spacers, 10 cell pairs (Fujifilm membranes) and 2 cm/s inlet flow velocity. 
 
6. Conclusions 
A novel electrodialysis hierarchical model is presented for both brackish water and seawater 
desalination. The model was validated by comparison with original experimental data showing a good 
agreement with experiments in a wide range of inlet concentrations, from brackish water to seawater 
applications. 
The main advantage of the hierarchical structure is the possibility to simulate complex schemes and 
operational strategies, allowing for higher flexibility and a wider applicability of the simulation tool. 
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In particular, two representative examples have been presented, i.e., i) seawater multistage 
desalination, and ii) brackish water batch desalination.  
For the case of seawater multistage desalination, we have shown how the energy consumption could 
be drastically reduced by segmenting the operation, reducing the energy consumption from 4.59 
kWh/m3 to 1.94 kWh/m3 only by changing the current distribution. Regarding the second example 
(brackish water batch desalination), we have simulated the dynamic operation of a batch ED 
desalination unit. This has shown how to identify an optimal trade-off between desalination time and 
energy consumption and paving the way for the optimisation of the applied-voltage on a time-scale, 
similarly to what was shown for the multistage ED on the space-scale. 
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List of symbols 
𝐴  Membrane area (m2) 
𝑏 Membrane width (m) 
𝐶 Concentration (mol/m3) 
𝐷 Diffusion coefficient (m2/s) 
𝐷𝐼𝐸𝑀 Salt permeability coefficient (m2/s) 
𝑑𝑒𝑞 Equivalent diameter (m) 
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𝐸𝑠𝑝𝑒𝑐 Specific energy consumption (J/m
3) 
𝐸𝑠𝑝𝑒𝑐
𝑠𝑎𝑙𝑡  Salt-specific energy consumption (J/mol) 
𝐹 Faraday’s constant (C/mol) 
𝑓 Friction factor 
𝑓𝑆 Shadow factor 
𝐼 Current (A) 
𝑖 Current density (A/m2) 
𝐽 Flux (mol/m2/s) 
𝐽𝑃 Apparent product flux (l/m
2/h) 
𝐿 Channel length (m) 
𝐿𝑝 Water permeability (m
3/Pa/s/m2) 
𝑁𝑐𝑝 Number of cell pairs in a stack 
𝑁s Number of stages 
𝑃 Power consumption (W) 
∆𝑝 Pressure drop (Pa) 
𝑄 Volumetric flow rate (m3/s) 
q Volumetric flux (m3/m2/s) 
𝑅𝐺  Universal gas constant (J/mol/K) 
𝑅 Areal electrical resistance (Ωm2) 
𝑅𝑒 Reynolds number 
𝑆ℎ Sherwood number 
𝑡𝑐𝑜 Co-ion transport number 
𝑡𝑐𝑜𝑢𝑛𝑡𝑒𝑟 Counter-ion transport number 
𝑡 Time (s) 
𝑢 Velocity (m/s) 
𝑉 Volume (m3) 
𝑉𝑡𝑜𝑡 Overall voltage drop (V) 
∆𝑉𝑐𝑝 Voltage drop over a cell pair (V) 
𝑤 Total water transport number 
𝑥 Coordinate in the direction of the main flow (m) 
Greek letters 
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𝛼 Permselectivity 
𝛾 Activity coefficient 
𝛿 Channel or membrane thickness (m) 
𝜂 Non-ohmic voltage drop (V) 
𝜈 Van’t Hoff coefficient 
𝜉 Current efficiency 
Λ Equivalent conductivity (Sm2/mol) 
𝜋 Osmotic pressure (Pa) 
𝜌 Density (kg/m3) 
𝜑 Osmotic coefficient 
Subscripts and superscripts 
𝐴𝐸𝑀 Anion-exchange membrane 
𝑎𝑣 Average 
𝑏𝑙𝑎𝑛𝑘 Blank 
𝐶 Concentrate 
𝐶𝐸𝑀 Cation-exchange membrane 
𝑐𝑜 Co-ion 
𝑐𝑜𝑛𝑑 Conductive 
𝑐𝑜𝑢𝑛𝑡𝑒𝑟 Counter-ion 
𝐷 Dilute 
𝑑𝑖𝑓𝑓 Diffusive 
𝑒𝑜𝑠𝑚 Electroosmotic 
𝑖 Species i (cation or anion) 
𝐼𝑁 Inlet 
𝐼𝐸𝑀 Ion-exchange membrane (anion, AEM, or cation, CEM) 
𝑖𝑛𝑡 Solution-membrane interface 
𝑖𝑜𝑛 Ion 
𝑜𝑠𝑚 Osmotic 
𝑂𝑈𝑇 Outlet 
𝑆𝑂𝐿 Solution (dilute, D, or concentrate, C) 
𝑡𝑜𝑡 Total 
𝑡𝑎𝑛𝑘 Tank 
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𝑤 Water 
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Appendix A: Transport numbers estimation 
The counter-ion transport number in the membrane (𝑡𝐼𝐸𝑀
𝑐𝑜𝑢𝑛𝑡𝑒𝑟) can be directly linked with the 
membrane permselectivity using the following expression [71]: 
 𝛼𝐼𝐸𝑀 =
𝑡𝐼𝐸𝑀
𝑐𝑜𝑢𝑛𝑡𝑒𝑟 − 𝑡𝑆𝑂𝐿
𝑐𝑜𝑢𝑛𝑡𝑒𝑟
𝑡𝑆𝑂𝐿
𝑐𝑜  
(24) 
where 𝑡𝑐𝑜𝑢𝑛𝑡𝑒𝑟 and 𝑡𝑐𝑜 are the transport number of the same counter-ion and co-ion in solution, and 
the subscript 𝐼𝐸𝑀 indicates that, using the relevant values, the expression is valid for both AEM and 
CEM. 
It is worth noting that the term [𝑡𝐶𝐸𝑀
𝑐𝑜𝑢𝑛𝑡𝑒𝑟 − (1 −  𝑡𝐴𝐸𝑀
𝑐𝑜𝑢𝑛𝑡𝑒𝑟)]  in eq. (1) is representative of the non-
ideal permselectivity of the membranes, as it accounts for the conductive co-ion transport through 
IEMs that in practice results in a drop of the salt removal efficiency of the system. 
 
Appendix B: Pitzer’s correlations for osmotic coefficients and activity coefficients 
In order to estimate osmotic coefficient (𝜑), the following Pitzer equation was adopted [58,59]:  
𝜑 − 1 =  − 𝐴1 
√𝑚
1 + 𝑏′√𝑚
+ 𝑚𝐵𝜑 + 𝑚2𝐶𝜑 
(25) 
𝐵𝜑 = 𝛽(0) + 𝛽(1)𝑒−𝛼√𝑚 (26) 
where 𝐴1 is the modified Debye-Huckel constant (0.3915 at 25 °C), 𝑏
′is a correlation constant equal 
to 1.2, 𝑚 is the molality of the electrolyte, 𝛼 is a fixed constant with a value of 2 (kg/mol)1/2, 𝛽(0), 
𝛽(1), 𝐶𝜑are functions of the nature of the electrolyte and amount to 0.06743, 0.3301 and 0.00263, 
respectively, for NaCl. 
Similarly, the Pitzer model can be used to estimate the  average activity coefficient of salt in solution 
(𝛾±) [58,59]: 
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𝑙𝑛𝛾± =  − 𝐴1 [
√𝑚
1 + 𝑏′√𝑚
+
2
𝑏′
ln(1 + 𝑏′ √𝑚)] + 𝑚𝐵𝛾 + 𝑚2𝐶𝛾 
(27) 
𝐵𝛾 = 2𝛽(0) + 2𝛽(1) [1 − (1 + 𝛼 𝑚
1
2 −
𝛼2𝑚
2
)  𝑒𝑥𝑝 (−𝛼 𝑚
1
2)] /𝛼2𝑚 
(28) 
𝐶𝛾 =
3
2
 𝐶𝜑 
(29) 
 
Appendix C: Islam’s correlation for equivalent conductivity estimation 
The equivalent conductivity has been estimated through the correlation by Islam et al. [62]: 
Λ(𝑥) =  [Λ0 −  
𝐵′1(𝐶)√𝐶
1 + 𝐵′(𝐶) 𝑎√𝐶
] [1 −
𝐵′2(𝐶)√𝐶
1 + 𝐵′(𝐶) 𝑎√𝐶
𝐹′(𝐶)] 
(30) 
𝐵′(𝐶) = 50.29 ∙ 108/(𝜀𝑇)1/2 (31) 
𝐵′1(𝐶) = 82.5/[𝜂(𝜀𝑇)
1/2 ] (32) 
𝐵′2(𝐶) = 8.204 ∙ 10
5/(𝜀𝑇)3/2 (33) 
𝐹′(𝐶) =  
[𝑒𝑥𝑝(0.2929 𝐵′ 𝐶1/2𝑎) − 1]
(0.2929 𝐵′ 𝑐𝐶1/2𝑎)
 
(34) 
where Λ0 is the equivalent conductivity at infinite dilution, 𝐶 is the molar concentration, 𝜂 is the 
viscosity, 𝜀 the dielectric constant and 𝑇 the electrolyte solution temperature and  𝑎 = 3.79 𝐴𝑜  for 
NaCl. The main advantage of using this correlation is that it can reliably predict the conductivity even 
at high ionic strength (i.e. with concentrated brines). 
 
Appendix D: Dependence of membrane resistance on solution concentration 
According to the experimental data by Galama et al. [66], membrane resistance appears to be 
generally influenced by diluate solution concentration. Based on those findings, the following trend 
can be attributed to membrane resistance: 
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𝑅𝐼𝐸𝑀 (𝑥) =  𝑅𝐼𝐸𝑀
𝐻𝐼𝐺𝐻 +  
𝑎
𝐶 (𝑥)𝑛
  (35) 
where 𝑅𝐼𝐸𝑀
𝐻𝐼𝐺𝐻, 𝑎 and 𝑛 and are constants o value 7×10-3 and 1.25 respectively. In this specific case, 
𝑅𝐼𝐸𝑀
𝐻𝐼𝐺𝐻 has been taken equal to the value of the resistance measured at the standard concentration of 
0.5 M NaCl (see Table 1). The values of the other constants are obtained by assuming the same trend 
of membrane resistance against the diluate concentration reported in Galama’s work [66]. 
 
Appendix E: Concentration polarisation and pressure drops 
Neglecting the salt back-diffusion, eq. (2), the interface salt concentrations (solution side) appearing 
in eq. (13) can be estimated by the following relations [7,50]: 
𝐶𝐶
𝑖𝑛𝑡,𝐼𝐸𝑀(𝑥) = 𝐶𝐶(𝑥) +
( 𝑡𝐼𝐸𝑀
𝑐𝑜𝑢𝑛𝑡𝑒𝑟 − 𝑡𝑖𝑜𝑛) 𝑖(𝑥)
𝐹 𝑆ℎ𝐶
𝐼𝐸𝑀(𝑥)
𝑑𝐶
𝑒𝑞
𝐷𝐶
 
(36) 
𝐶𝐷
𝑖𝑛𝑡,𝐼𝐸𝑀(𝑥) = 𝐶𝐷(𝑥) −
( 𝑡𝐼𝐸𝑀
𝑐𝑜𝑢𝑛𝑡𝑒𝑟 − 𝑡𝑖𝑜𝑛) 𝑖(𝑥)
𝐹𝑆ℎ𝐷
𝐼𝐸𝑀(𝑥)
𝑑𝐷
𝑒𝑞
𝐷𝐷
 
(37) 
where 𝑆ℎ is the Sherwood number, 𝐷 is the salt diffusion in solution and 𝑑𝑒𝑞 is the equivalent 
diameter, here assumed equal to two times the channel thickness. Sherwood numbers, in turn, are 
computed through correlations obtained by 3-D CFD simulations for various spacer or profiled 
membrane geometries  [72–74]. 
Pumping power is usually negligible compared to electric power consumed directly by the stack 
(∆𝑉 𝐼), especially when high salinity feeds (e.g. seawater) are treated. However, it may play a 
significant role, depending on stack features and operating conditions. CFD correlations are also used 
in order to calculate the pressure drop distributed along the channels [75] and, thus, the pumping 
power consumption in eq. (15). In particular: 
∆𝑝𝑆𝑂𝐿 =
1
2
𝑓𝑆𝑂𝐿
𝜌𝑆𝑂𝐿𝑢𝑆𝑂𝐿
𝑎𝑣 2
𝑑𝑆𝑂𝐿
𝑒𝑞 𝐿 
(38) 
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where ∆𝑝 is the pressure drop, 𝜌 is the density of solution, 𝑓 is the Darcy friction coefficient that it is 
correlated to the Reynolds number [50,73] and 𝑢𝑎𝑣 is the average superficial velocity, with the local 
superficial velocity being defined as: 
 𝑢𝑆𝑂𝐿(𝑥) =  
𝑄𝑆𝑂𝐿(𝑥)
𝑏 𝛿𝑆𝑂𝐿 
 
(39) 
In the calculation of the total pressure drop, the hydraulic losses through the manifolds may be 
included using empirical data or, again, simulation results. It is worth noting that, as the stack 
geometrical features vary, the relevance of this contribution on the total pressure drop may change 
significantly [7]. 
 
Appendix F: Overall plant schematics 
This section shows some examples of process layouts that the model is able to simulate. The schemes 
can either include a single ED unit (i.e. batch process) or multiple stages (i.e. standard multistage ED 
and variations). 
 
 
 
Figure 8. Block diagrams of multistage ED processes in series in the case of a) co-current and b) counter-current arrangement. 
a) 
b) 
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Figure 9. Batch ED block scheme including the ED unit and the recirculation tanks. 
 
 
Figure 10. Block scheme of a multistage system in which each stage has an independent feed. This kind of scheme can be useful in 
seawater desalination to reduce the concentration difference inside the stacks by feeding the concentrate compartments of each stage 
with fresh seawater. 
 
  
Figure 11. Block scheme of a multistage system with concentrate and diluate feed & bleed. This kind of scheme is useful to either 
control the system recovery ratio by changing the amount of recycled solution or to increase the velocity inside the unit to reduce 
limiting current issues. 
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Figure 12. Block scheme of a multistage system with interstage recycles. Each stage can recirculate its outlet concentrate back to the 
feed concentrate of one previous stage, while the diluate in each stage is fed to both concentrate and diluate compartments of the next 
stage. In this way, it is possible to control and reduce the concentration difference inside each unit. 
